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A general thermodynamic model is developed by combining organically the nonequi-
librium thermodynamic analysis with the traditional METSH simulation of distillation
processes. The model is capable of both simulating industrial distillation processes
and analyzing energy consumptions of the processes. The benzene–toluene binary dis-
tillation is selected as the model system to test the theory, and the industrial-scale tray
column is studied in this work. The simulation results show that the tray structure and
operation parameters have significantly influenced the entropy generation rate (EGR).
It is also found that the development of vapor and liquid flow patterns on the indus-
trial-scale trays can enhance tray efficiency and result in evident reduction of the
EGR. The model is suitable for tray design, column performance analysis, and energy
consumption evaluation of distillation processes. � 2006 American Institute of Chemical

Engineers AIChE J, 52: 4229–4239, 2006
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Introduction

The distillation process, taking energy as the only driving
force, is a major energy consumption step in chemical pro-
cess industries. It is of considerable importance to thermody-
namically analyze the distillation process for the purpose of
energy saving. There are four kinds of thermodynamic meth-
ods applied to the analysis of energy consumptions: the first
law, second law, exergy, and nonequilibrium thermodynamic
analyses. The first law of thermodynamics states the conser-
vation of energy, whereas the second law provides informa-
tion of energy efficiency. The exergy analysis, developed
from the combination of the first law and the second law, is
widely used nowadays for the design and analysis of ther-
mal systems and provides an important and systematic
method within the scope of equilibrium thermodynamics to
diagnose whether and to what extent it is possible to reduce
the inefficiency of a process. The magnitude of the ineffi-

ciency depends on the irreversibility of the process. The
irreversibility may come from such phenomena fluid friction,
heat transfer caused by finite temperature-driving forces,
mass transfer caused by finite concentration or activity-driv-
ing forces, chemical reactions proceeding at finite displace-
ments from chemical equilibrium, and mixing of streams
under different conditions (temperature, pressure, and/or
composition).1

Nonequilibrium thermodynamic analysis—also known as
the third law of thermodynamic analysis—is a general theory
used particularly for nonequilibrium processes. It systemati-
cally reveals the mechanism of entropy generation and shows
the exact locations and reasons of exergy losses caused by
the irreversible phenomena mentioned above. Nonequilibrium
thermodynamic analysis is a powerful theoretical tool and
has a tendency to implement and/or replace the exergy analy-
sis. Recently, considerable advances have been made by
applying nonequilibrium thermodynamics to analyze distilla-
tion processes.2 Some attempts3,4 were made to combine the
distillation-process simulation with nonequilibrium thermody-
namic analysis. However, quite a few methods presented in
this specialized field could be applied directly to the practical
design of distillation processes.
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The focus of nonequilibrium thermodynamic analysis is
to calculate the process entropy generation rate (EGR).
Based on the assumption that the phenomenological transfer
coefficient was constant and positive over the process, Ton-
deur and Kvaalen5 found that a uniform distribution of the
local EGR was optimal for reducing the total EGR. As an
extension, Ratkje and Sauar3 analyzed the effect of the dis-
tribution of heaters in a distillation column. They demon-
strated that the EGR for a distillation column was at a min-
imum when the driving forces for separation were uniformly
distributed along the column. Recently, Liu and Zhang4

found that besides technological renovations of the whole
process and various selections of operation parameters, the
design of the tray structure could also significantly influence
the EGR process. Based on this conclusion and theoretical
calculations, a new energy-saving tray with optimized tray-
structure parameters—the ‘‘95 tray’’—was proposed and
designed.

However, the majority of analysis models mentioned
above were not suitable for evaluating the EGR of industrial-
scale distillation columns because these models contained
some systematic assumptions or simplifications that deviated
from the real situations. For example, the EGR in the liquid
phase was usually neglected; the liquid and vapor phases
were assumed as completely mixed; and the tray efficiencies
were postulated to be invariable.

The simulation of distillation processes was traditionally
based on the ideal equilibrium stages. However, for a practi-
cal process the equilibrium condition could hardly be
achieved so that the simulation results, based on the ideal
equilibrium stages, largely strayed away from the real case.
Models of nonequilibrium stages avoid the assumption of
equilibrium and thus give more rigorous simulation. Such
models are mainly divided into two categories: (1) the equi-
librium stage–tray efficiency models and (2) the rate-based
models.

In the equilibrium stage–tray efficiency models, a devia-
tion is assumed to exist between the equilibrium stage and
the actual stage. The tray efficiency is introduced to account
for the deviation and the correlation of the tray efficiency is
key to the models. Advances in multicomponent mass-trans-
fer theory and developments of convenient matrix methods
have led to more realistic stage models. These models were
known as the multicomponent efficiency (MEF) stage
model6 in which efficiency matrices were used instead of
component efficiencies. It is the main characteristic of the
efficiency-based models that all references to the interface
state are cancelled out by using the overall mass-transfer
coefficient (KOV). However, it should be pointed out that
these efficiency-based models might predict incorrect mass-
transfer directions, given that the interactions between the
multicomponent mass-transfer rates7 are usually neglected.
Therefore, methods that take the interaction effects into
account should be developed. Fortunately, some explicit sol-
utions were recently proposed in the literature, such as
those of Krishna8 and Taylor and Smith,9that were
expressed using a complicated formulation of the addition
of resistances to account for the interactions between multi-
component mass-transfer rates. The solutions relied on two
key assumptions: (1) the heats of vaporization were the
same for all components and (2) the sensible heat terms in

energy balance were negligible compared with latent heat
terms. The first assumption can usually be avoided by using
a new version of the addition of resistances formula, which
is more complicated than those mentioned above, whereas
the second assumption is still required.6 In the literature,11

several simulation experiments were carried out to find out
how and when the inconsistency between the MEF model6

and the nonequilibrium stage model (NEQ) model7

appeared. It was observed that only the heaviest component
was allowed to have a large relative deviation of mass flux
in the range of diluted concentrations. The reason is that
the diffusion flux of the diluted heaviest component itself
was small and was calculated by subtracting all fluxes of
other components from the total flux, being imposed with
an accumulated deviation. For other components, the devia-
tions of mass fluxes were typically <5%, whereas the calcu-
lated vapor mole fractions of these components deviated
from their actual values not .0.5%. It is therefore expected
that these solutions could be used to predict correct mass-
transfer directions for most multicomponent distillation
processes.

The rate-based models are alternative solutions that over-
come the problem of predicting incorrect mass-transfer direc-
tions because the interactions between multicomponent mass-
transfer rates are expressed in an implicit way. One of the
most representative rate-based models is the NEQ stage
model proposed by Krishnamuthy and Taylor.7 In the model,
the conservation equations were written separately for each
phase and interface and then solved together with consti-
tutive transport equations. Variables, such as tray efficiency
and mass-transfer unit numbers, were avoided because they
were difficult to be defined and confirmed. However, the
mixed liquid and vapor phases were assumed in the NEQ
model and the mole fractions were approximately estimated
using arithmetic or logarithmic averages of the entering and
exiting mole fractions. It was a simplified model for all but
some small laboratory- and pilot-scale columns and was not
a particularly accurate reflection of true flow patterns on a
real distillation tray, as indicated by Kooijman and Taylor.10

The KT (Kooijman and Taylor) model10 and an overall rate-
based (ORB) model11 were thus developed to accurately
simulate the temperature and composition gradients on indus-
trial-scale trays. Compared to the efficiency-based models,
the rate-based models are more accurate but more compli-
cated.

In this work a general process simulation and energy
analysis model is developed for industrial-scale distillation
columns. The simulation is mainly based on the overall
mass-transfer coefficient (KOV) that is additionally used to
calculate the process EGR in nonequilibrium thermodynamic
analysis. The process simulation and energy analysis in the
model are thus combined organically by using the overall
mass-transfer coefficient as the bridging component.

The Framework of the Process Simulation
and Energy Analysis Model

Our new model contains two aspects: the calculation of
EGR and the simulation of distillation processes. In two
aspects, the mass and heat transfers of the process are
assumed to be at an irreversible thermodynamic state.
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The model presented here is based on the well-known tray
model as shown in Figure 1, in which the following assump-
tions are proposed:

(1) Steady-state conditions
(2) One-dimensional flow of vapor and liquid phases
(3) No significant pressure gradient along the gas and liq-

uid flow directions
(4) The liquid is divided into a number of pools in series,

with complete mixing of the liquid in each pool
(5) The vapor rising through the liquid pools is completely

mixed

The Entropy Generation Rate
on the Industrial-Scale Tray

The calculation of EGR per unit volume derived by Liu
and Zhang4 was rigorous for small trays because the assump-
tion of complete mixing of the liquid and vapor phases was
close to the real case. On industrial-scale trays (tray diameter
. 0.8 m), there are significant temperature and composition
gradients, and the assumption of complete mixing becomes
nonrealistic. However, it is still reasonable to divide the liq-
uid flowing on the tray into a series of pools with different
temperatures and compositions, whereas in each pool the liq-
uid and vapor phases are still assumed to be mixed com-
pletely, as shown in Figure 1.

The entropy generation rate per unit volume (s) in a sys-
tem of c species with no chemical reactions can be written
as12

s ¼ �Jqr 1

T

� �
�
Xc
i¼1

Jir mi
T

� �
(1)

For a distillation column separating a binary mixture, there
are three fluxes across the vapor–liquid phase boundary: the
heat flux Jq and two mass fluxes Jl and Jh. According to the
Gibbs–Duhem equation, we have

rmh ¼ � x‘
xh

rm‘ (2)

By introducing Eq. 2 into Eq. 1, s can be written as

s ¼ �Jq
rT

T2
� Jd

x‘rm‘
T

(3)

Jd ¼ J‘
x‘

� Jh
xh

(4)

where Jd is the relative mass flux across the interface. Accord-
ing to the linear phenomenological relationship of non-
equilibrium thermodynamics, these flux equations can be
expressed by

Jq ¼ �lqq
rT

T
� lq‘x‘rm‘ (5)

Jd ¼ �l‘q
rT

T
� l‘‘x‘rm‘ (6)

By introducing Eq. 6 into Eq. 5, the heat flux can be
expressed as

Jq ¼ �lrT þ l‘q
l‘‘

Jd (7)

where

l ¼
lqq � lq‘

l‘q
l‘‘

� �
T

(8)

The EGR per unit volume is obtained by introducing Eq. 7
into Eq. 3:

s ¼ l
rT

T

� �2

þ Jd
2

l‘‘T
(9a)

¼ sq þ s‘ (9b)

The first term on the righthand side of Eq. 9a is the EGR per
unit volume arising from the temperature gradient sq and the
second is the EGR per unit volume arising from mass trans-
fer sl.

The total EGR resulting from mass separation for a pool,
as shown in Figure 1, can be written as

�p ¼
Z
v

s‘dv ¼
Z
vl
s‘dvþ

Z
v�vl

s‘dv (10)

where vl ¼ a � Dx is the volume of the interface, a is the
interface area per froth volume, and Dx is the thickness of
the interface film. According to the definition of the thermo-
dynamic interface layer, there is no relative mass transfer in
the bulks of the gas and liquid phases (Jd & 0), which
implies

Z
v�vl

s‘dv ¼ 0 (11)

Assuming !T & 0 between two sides of the interface
layer, lll can be obtained from Eq. 6:

l‘‘ ¼ � Jd
x‘rm‘

� �
rT¼0

(12)

Figure 1. Vapor and liquid streams on a stage.
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By introducing Eq. 11 and Eq. 12 into Eq. 10, and integrat-
ing over the transport path, we have

�p ¼
Z

� x‘rm‘Jd
T

dv ¼ � x‘Jd
T

a

Z Dx

0

rm‘ dx (13)

Because the value of !ml, the chemical potential gradient
of the light component along transport path, can hardly
be resolved analytically, the following approximation is
applied:

Z Dx

0

rm‘dx � Dm‘ (14)

where Dml is the chemical potential difference between two
phases. According to the mass-transfer theory, the flux Ji can
be expressed as

Ji ¼ cVt K
OV
i ðy�i � yiÞ (15)

where yi* (¼Mixi) is the vapor mole fraction of component i
that is in equilibrium with the liquid phase. The component i
in Eq. 15 can be either a light component (i ¼ l) or a heavy
component (i ¼ h). Inserting Eq. 15 into Eq. 4 generates the
following equation:

Jd ¼ cVt K
OV
‘ ðM‘x‘ � y‘Þ

x‘
� cVt K

OV
h ðMhxh � yhÞ

xh
(16)

By combining Eqs. 13, 14, and 16, Yp can be finally
expressed as

�p ¼ cVt x‘Dm‘
T

KOV
‘ aðM‘x‘ � y‘Þ

x‘
� KOV

h aðMhxh � yhÞ
xh

� �
(17)

When the liquid and vapor phases are mixed completely,
the compositions in the liquid are uniform, so Eq. 17 can
be directly used to calculate the EGR resulting from the
mass transfer for a small-scale stage. However, for the
large-scale stage, there are different compositions on differ-
ent parts of the stage. Equation 17 can be applied only to
calculate the EGR resulting from mass transfer for each
pool, Yp. Thus, the EGR per tray resulting from mass
transfer in the stage (Yl) can be obtained using the follow-
ing equation:

�‘ ¼
Xn
p¼ 1

�p (18)

where n is the number of the mixing pools.
The EGR arising from the temperature gradient is nor-

mally neglected in the case of liquid and vapor phases
being mixed completely.3 However, because the temperature
gradient on an industrial-scale tray may be considerable, the
EGR resulting from the temperature gradient should be ana-

lyzed carefully. The EGR comes from the thermal conduc-
tion that takes place mainly in the gas and liquid bulks,
thus

�q ¼
Z
v

sq dv ¼
Z
vV
sq dvþ

Z
vL
sq dv ¼ �V

q þ�L
q ð19Þ

To calculate sq, the profile of temperature gradients on the
industrial tray should be known. The temperature gradients
are generated mainly along two directions13: the vertical
direction, in which gas bubbles pass through the liquid
layer, producing a temperature gradient of !Tver; and the
horizontal direction, in which the liquid flows, generating a
temperature gradient of !Thor. According to the law of
vector addition, the square of magnitude of the total tem-
perature gradient can be written as

jrTj2 ¼ jrTverj2 þ jrThorj2 (20)

By introducing Eq. 9 and Eq. 20 into Eq. 19, Yq
V can be

obtained as

�V
q ¼

Z
vV
sqdv ¼

Z
vV
lV

jrTverj
T

� �2

dvþ
Z
vV
lv

jrThorj
T

� �2

dv

¼
Z hf

o

lV
jrTverj

T

� �2

eAadhf þ
Z D

0

lV
jrThorj

T

� �2

eAvdlf

¼ lV
jrTverj

T

� �2

evþ lV
jrThorj

T

� �2

ev

¼ lV
jrTverj2 þ jrThorj2

T2
G ð21Þ

Similarly, the EGR in the liquid bulk (Yq
L) can also be

formulated as

�L
q ¼ lL

jrTverj2 þ jrThorj2
T2

L (22)

Given that plug flow conditions are assumed for the liquid
phase, !Tver and !Thor are constants13 that can be
expressed as

rTver ¼ DTver
Dhf

(23)

rThor ¼ DThor
Dlf

(24)

where hf is the froth height and lf is the distance from the
inlet to the vertical section. Provided that the coefficient of
heat conductivity l on each stage is constant, the EGR for a
stage resulting from !T can be written as

�q ¼ ðlVGþ lLLÞ
T2

DTver
Dhf

����
����
2

þ DThor
Dlf

����
����
2

 !
(25)
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For the tray having a diameter < 0.8 m, the flow of liquid
and gas could be considered to be completely mixed, so that
!Thor ¼ 0 and Yq can be simplified as

�q;s ¼ DTver
Dhf

����
����
2ðlVGþ lLLÞ

T2
(26)

Equations 17, 18, 25, and 26 are the working equations for
the calculation of the local EGR per tray.

Simulation of the Distillation Process

At present, one of the many efforts to develop the distilla-
tion process simulation is to replace the equilibrium stage
model with the nonequilibrium stage model. In this work, the
MEF model6 is adopted and modified to coordinate with the
nonthermodynamic energy analysis. Feed streams and heat
fluxes are contained in each stage, as shown in Figure 2, and
the METSH equation group is listed as follows:

Total Material Balance (M)

Fj þ Lj�1 þ Gjþ1 � ðLj þ UjÞ � ðVj þ GjÞ ¼ 0 (27a)

Component Material Balance (Mi)

Fjx
F
i;j þ Lj�1xi;j�1 þ Gjþ1yi;jþ1 � ðLj þ UjÞxi;j

� ðVj þ GjÞyi;j ¼ 0 ð27bÞ

Phase Equilibrium (E)

y�i;j ¼ Mi;jxi;j (28)

Vapor Tray Efficiency Equations (T)

EMV
i;j ¼ yi;j � yi;jþ1

yi;j � yi;jþ1

(29)

Summation Equations (S)

Xc
i¼1

xi;j � 1 ¼ 0 (30a)

Xc
i¼1

yi;j � 1 ¼ 0 (30b)

Heat Balance (H)

FjH
F
j þ Gjþ1H

V
jþ1 þ Lj�1H

L
j�1 � ðVj þ GjÞHV

j

� ðLj þ UjÞHL
j þ Qj ¼ 0 ð31Þ

where the tray efficiency Ei,j
MV is determined by the perform-

ance of each tray. For the industrial-scale tray as shown in
Figure 1, the integration of the material balance in each pool
may be arranged to give the following vapor Murphree point
efficiency6:

ðyPi;j � yPi;jþ1Þ ¼ EP
i;jðy�;Pi;j � yPi;jþ1Þ (32)

EP
i;j ¼ 1� expð�NOV

i;j Þ (33)

NOV
i;j ¼ cVt K

OV
i;j aAahf =Gj (34)

In addition, the correlation between point efficiency (Ei,j
P)

and tray efficiency (Ei,j
MV) can be written as14

EMV
i;j ¼ Mi;j

Gj

Lj

� ��1

1þ EP
i;jMi;jGj

nLj

 !n

�1

" #
(35)

where n is the number of pools. If n ¼ 1, the tray efficiency
is equal to point efficiency and the liquid phase is completely
mixed. If n ¼ ?, the liquid phase is at a state of plug flow
and the expression for the Murphree tray efficiency is15

EMV
i;j ¼ Mi;j

Gj

Lj

� ��1

exp EP
i;jMi;j

Gj

Lj
� 1

� �
(36)

With the help of Eqs. 32–36 for calculating the Ei,j
MVvalues,

the METSH equation group (Eqs. 27–31) can be solved to
yield the stage flow rates, compositions, and temperatures
that are requisite parameters for the calculation of the EGR
in an industrial-scale column.

Calculation Procedure

The distillation column for the separation of benzene and
toluene is studied as the model system and the column speci-
fications, such as stage numbers and feed stages, are listed in
Table1.

The model equations, mainly the METSH equation group,
are solved using the tridiagonal matrix method. A computer
program is developed to implement the stage model
described above. Different flow patterns on the trays are con-
sidered: completely mixed flow, plug flow, and intermediate
cases.

The physical properties of pure components are calculated
using the correlations from Lange’s Handbook of Chemistry16

and the mixture properties are calculated according to the
methods recommended in the Petrochemical Engineering
Design Handbook.17 The phase equilibrium is computed
using the data from Gmehling et al.18 The virial and the
Wilson equations are applied for the gas phase and liquid
phase, respectively. The mass-transfer coefficients for the
sieve tray are predicted using the method proposed byFigure 2. Distillation process simulation.
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AIChE,19 whereas the Richard20 method is applied to the V-
1 valve tray. The approach to calculate the overall mass
transfer is recommended by multicomponent mass transfer.6

The top condenser is assumed to be at 101,325 Pa and the
pressure drop is calculated according to the method recom-
mended in Perry’s Chemical Engineering’s Handbook.21

Results and Discussion

Because the model introduced herein can be adopted not
only to simulate the distillation process but also to analyze
the energy consumption with nonequilibrium thermodynam-
ics, the stage compositions, temperature, pressure, liquid and
vapor streams, tray efficiency, and EGR for each stage could
be obtained from this model. Three aspects influenced the
EGR results: the tray structure, operation parameters, and
physical properties. Herein, we mainly aim at determining
the effects of tray structure and operating parameters on the
EGR.

Comparison between exergy analysis and
nonequilibrium thermodynamic analysis

To evaluate the validity of the model, the EGR results cal-
culated by the exergy analysis and nonequilibrium thermody-
namic analysis are compared, as shown in Figure 3. The
method of calculating the EGR by exergy analysis is given
in the Appendix. It is found that the EGR from nonequili-
brium thermodynamic analysis varies according to the same
trend as that from exergy analysis, even though the differ-
ence between these two methods of analysis is still consider-
able. Other researchers22 also found such results, but few of
them tried to explore the reasons for such outcomes.

Exergy is the state function of the studied thermodynamic
system (both the liquid and vapor on the tray). When the sys-
tem changes from one state to another, the exergy loss occurs
as a result of all the irreversible phenomena taking place on
the trays, such as mass transfer, heat transfer, pressure drop,
phase mixing, and so on. Therefore, the exergy loss calcu-
lated from exergy analysis is a kind of ‘‘black box’’ value,
which means the indistinguishability of contribution sources
of the total exergy loss. On the contrary, nonequilibrium
thermodynamic analysis is performed to evaluate the EGR
process (or exergy loss) directly from all possible driving
forces of the irreversible phenomena, such as the concentra-
tion gradient or chemical potential gradient of the mass
transfer and the temperature gradient of the heat transfer. It
reveals how and to what extent the various phenomenal driv-
ing forces contribute to the EGR process and indicates the
detailed energy consumption information that is useful for
modification of the distillation process. Because the distilla-
tion process usually involves mass and heat transfers, and

other minor driving forces are neglected, it is rational that
the calculated EGR process from nonequilibrium thermody-
namics is slightly smaller than that from exergy analysis. In
addition, the discrepancy between the two analyses may also
partly be explained by the inaccurate estimation of the excess
entropy and enthalpy in the exergy analysis. The excess en-
tropy and enthalpy, the required data for energy calculation
of a mixture, have to be obtained from the commonly used
empirical EoS (equation of state) and GE (excess Gibbs
energy) models, which affect the accuracy of the calculated
data. Thus, nonequilibrium thermodynamic analysis is a com-
paratively simple and straightforward method that avoids cal-
culating the excess entropy and enthalpy and enables one to
evaluate, separately, the contributions from various phenome-
nal driving forces to the EGR.

Therefore, it is concluded that nonequilibrium analysis is a
more feasible and applicable alternative for the distillation
process. It could be conveniently used to evaluate the effects
of the tray structure and operation parameters on the EGR,
which could not be performed using exergy analysis.

EGR resulting from the temperature gradient

In this model, the EGR arising from the temperature gradi-
ent is calculated based on the assumption of vapor and liquid
flow in the plug pattern. As shown in Figure 4, although the
square of the temperature gradients is considerable, the EGR
resulting from the temperature gradient is not comparable to
the total EGR even in the industrial-scale stages with a diam-
eter of 2.6 m. It could be rationalized that the internal heat
flux is comparatively small, whereas the external heat loss to
the surroundings is neglected in the model. However, both of
the internal and external heat fluxes may be accumulated to
generate larger temperature gradients in an actual separation
tower than in the model. The calculation here could be used
for reference.

Overall mass-transfer coefficient

In all nonequilibrium thermodynamic models, the mass-
transfer coefficient plays an important role. In this model, the
overall mass-transfer coefficient is introduced to calculate the
tray efficiency and EGR.

Figure 3. Local EGRs calculated by the nonequilibrium
analysis (*) and the exergy analysis (l).

Table 1. Column Specification for the Separation
of Benzene–Toluene

Stages number 48 Feed stage 23
Ht, m 0.5 Diameter, m 2.6
Weir length, m 1.56, 1.82, 2.08 Weir height, m 0.02, 0.05, 0.08
Aa/At 0.65, 0.8, 0.95 X1 at the feed 0.44
X1 at the bottom <0.02 X1 at the top .0.98
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The overall mass-transfer coefficient accounts for the mass
transfers both in the vapor and liquid phases and could sim-
plify the simulation procedure and dramatically reduce the
computation time.23 In this study, because the overall mass-
transfer coefficient can be uniquely defined for binary sys-
tems, the processor EGR calculation herein is accurate and
can be taken as the preparatory estimation for the case of
multicomponent systems in the future.

Different types of trays have different correlations of
mass-transfer coefficients. In the present work, two primary
trays are studied: sieve tray and Glitsch V-1 valve tray. For
the sieve tray, the mass-transfer coefficient data are obtained
from the AIChE method19 and those for the valve tray are
from Richard.20 Under the assumption that the pressure drops
per tray of two types are identical, the calculation shows that
the mass-transfer coefficients of V-1 valve trays almost dou-
ble those of the sieve trays, leading to the different local
EGR values of two types, as shown in Figure 5. The EGR
values of the valve tray are higher than those of the sieve
tray in the middle section (near the feeding stages, trays 18–
32) and become lower in the bottom section (trays 33–48).
The higher EGR values near the feeding stages are primarily
attributed to the higher mass-transfer coefficients that induce
greater mass flux because the chemical potential gradients
are almost unchanged. Nevertheless, in the bottom section

the chemical potential gradients are substantially reduced
and, accordingly, the EGR values are greatly reduced for the
valve tray.

Figure 6 presents the concentrations on each stage. It is
found that the main mass-transfer region is in the middle sec-
tion and the concentration profiles between the two tray col-
umns differ considerably. Because a high mass-transfer coef-
ficient determines high tray efficiency, fewer stages are
required for the valve column to fulfill the specified separa-
tion duty. In the case studied here, only 32 pieces of valve
trays are required compared with 48 pieces of sieve trays.
Another difference between two columns is the heater sup-
ply, 0.242E8 kJ/h�1 at 390.32 K for a sieve column and
0.241E8 kJ/h�1 at 388.21 K for the valve column. This result
can serve as the basis for economic analysis.

Flow patterns

The vapor and liquid flow patterns on the tray dramatically
affect the vapor and liquid distribution, pressure drop, tray
efficiency, and so on. Numerous investigations on this aspect

Figure 4. Local EGRs arising from the temperature gra-
dients (~) and the square of temperature
gradients !T2 (*).

Figure 5. Local EGRs for V-1 valve tray (*) and sieve
tray (l).

Figure 6. Vapor mole fractions of benzene on each
stage for V-1 valve tray (&) and sieve tray
(n); liquid mole fractions of toluene on each
stage for V-1 valve tray (*) and sieve tray
(l).

Figure 7. Local EGRs under different mixing condi-
tions.

Completely mixed (~), 5 compartments (*), 100 com-
partments (&), plug flow (l).
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have been carried out and some excellent trays were devel-
oped to improve the flow patterns.

It is believed that the flow patterns of vapor and liquid on
small trays, with diameter < 0.8 m, have little influence on
the EGR process because vapor and liquid are usually close
to the state of being mixed completely. However, there are
different behaviors on an industrial-scale tray. In this work,
an industrial-scale tray with diameter 2.6 m is selected to
study the effect of the flow pattern on the EGR. It is the first
time that the mixing pool model is applied to compute the
EGR. Four conditions are assumed: 1 compartment (complete
mixing), 5 compartments, 100 compartments, and infinite
compartments (plug flowing). Complete mixing represents
the severe back-mixing condition. It leads to the increasing
liquid volume and pressure drop on a tray, which further
result in low tray efficiency, high chemical potential gradient,
and thus increased EGR, as shown in Figure 7. The EGR dif-
ference between the 100 compartments and plug flow is very
slight, whereas the EGR of 5 compartments is a fair approxi-
mation to that of plug flow. So a suitable number of pools
will correctly evaluate the influence of the back-mixing con-
dition on the performance of an industrial-scale tray, and the
better flow pattern requires a larger number of pools.

Tray structure

Our previous work4 investigated the dependency of EGR
on the tray structure. However, the analysis and conclusion
in the previous work were based on a simple but awkward
assumption that the values of tray efficiency were artificially
set to be constant. This assumption deviates from the real
case. In this work, the multicomponent efficiency is calcu-
lated based on the overall mass-transfer coefficient, so that
more rigorous results can be obtained to analyze the influ-
ence of tray structure on the industrial-scale tray column.

The tray structure mainly influences the pressure drop and
the mass-transfer efficiency. Because the weir height, weir
length, and active area, being expressed in the universal cor-
relations such as those of the AIChE method,19 are the key
tray structure parameters that influence the mass transfer and
the pressure drop, it is important and interesting to evaluate
the influence of these parameters on the EGR process.

The higher weir height induces the increase of both the
tray efficiency and the pressure drop. On the one hand, the
high tray efficiency enlarges the mass flux, leading to the
increase of the local EGRs in the middle section, given that
the chemical potential gradients are nearly unchanged. How-

Figure 8. Local EGRs with different weir heights: 0.02
m (&), 0.05 m (*), 0.08 m (~).

Figure 9. Local EGRs with different weir lengths: 1.56
m (~), 1.82 m (*), 2.08 m (&).

Figure 10. Local EGRs with different active areas: Aa/At

= 0.95 (~); Aa/At = 0.80 (*); Aa/At = 0.65 (&).

Figure 11. Local EGRs with different locations of heat
exchange in the stripping section.

Heat fed in the tray No. 25 (~), no side heat exchange
(*), heat taken out of the tray No. 25 (&).
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ever, in the bottom section (trays 40–48), the local EGRs
dramatically decrease because of the reduction of the poten-
tial gradients. On the other hand, the increased pressure drop
always causes the increase of the local EGR. As a result, the
combined effect of a higher weir is to increase the total EGR
of the whole distillation process, as shown in Figure 8.

The longer weir length is helpful in reducing the liquid
crest over the weir at a definite liquid flow rate, which implies
that the tray pressure drop and tray efficiency decrease
accordingly. Such behavior is contrary to that of weir height.
Figure 9 shows that an increase in the weir length results in a
reduction of the local EGRs in the middle section (trays 20–
40) and thus the reduction of the total EGR.

The increased active area will noticeably reduce the total
EGR, as shown in Figure 10. This is mainly attributed to the
simultaneous actions of the reduced pressure drop and the
increased tray efficiency. Even though the local EGRs in the
middle section (trays 20–32) increase to some extent, the sig-
nificant reduction of the local EGRs in the bottom section
(trays 32–48) as well as the appreciable reduction in the top
section (trays 1–20) cause the noticeable decrease of the total
EGR.

The analysis above denotes that it is the key strategy of tray
structure design to reduce pressure drop and enhance tray effi-
ciency simultaneously for the sake of reducing the EGR.

Operation parameter: side heat exchanger

For all routine operating parameters, such as reflux ratio
and feed temperature, the calculated results here are similar
to the conclusions reported by Liu et al.4 Our attention here
is focused on evaluating how the addition of side heat
exchangers influences the process EGR. This is because the
design of side heat exchanges nowadays becomes simple,
whereas the increasing energy crisis compels a reduction in
energy consumption. If the investment on the added heat
exchanges can balance the bonus from energy-saving, such
modification will become realistic. In addition, our effort for
doing this is also of scientific significance. The side heat
exchanger locations have different influences on the EGR, so
our aim here is to evaluate such influences.

When the heat is fed into the stripping section (Case II),
the local EGRs on stages below the position of the heat
exchanger (trays 24–40) noticeably increase, while slightly
decreasing in the bottom section (trays 40–48), as shown in
Figure 11. The reason is that the additional heat accelerates
the mass transfer on stages below the heat exchanger, whereas

the chemical potential gradients are almost kept invariable on
trays 24–40 and reduced on trays 24–40. Although the total
EGR of Case II is greater than that of Case I, the component
purity increases at a certain extent and the reboiler duty is
decreased accordingly, as shown in Table 2. When the heat is
removed from the stripping section (Case III), opposite results
to those of Case II are obtained.

For the same reason as above, when the heat is fed into the
enriching section (Case IV), the profile of the local EGRs is
similar to that of Case II, as shown in Figure 12. With respect
to Case V, the results are contrary to those of Case IV.

From the preceding analysis, it is concluded that adding a
second reboiler at the stripping section (Case II) results in
higher separation efficiency and lower reboiler duty, although
a small increase of total EGR is generated. Case II can be
regarded as a comparatively effective modification strategy.

Conclusions

A nonequilibrium thermodynamic model that is capable of
simulating the industrial distillation process, while simultane-
ously analyzing the energy consumption, is developed and
tested using the benzene–toluene binary distillation system.
The calculation of the EGR process is improved by introduc-
ing the overall mass-transfer coefficient into the model. The
introduced overall mass-transfer coefficient becomes the con-

Table 2. Simulation Results with Different Heat Exchange Duty

Case I Case II Case III Case IV Case V

Heat exchanger duty, kJ h�1 — 0.2E7 �0.2E7 0.2E7 �0.2E7
Heat exchanger temperature, K — 368.23 369.90 354.76 355.08
Exchanger location — 25 25 6 6
Reboiler duty, kJ h�1 0.244E08 0.224E8 0.262E8 0.244E8 0.244E8
Reboiler temperature, K 393.84 393.95 393.70 393.99 393.61
Condenser duty, kJ h�1 �0.199E8 �0.199E8 �0.199E8 �0.219E8 �0.179E8
Condenser temperature, K 353.43 353.42 353.44 353.39 353.49
Local EGR, kJ K�1 h�1 Figures 11, 12 Figure 11 Figure 11 Figure 12 Figure 12
Total EGR, kJ K�1 h�1 2574.90 2868.61 2292.14 2974.99 2183.18
X1 at the top 0.9915 0.9919 0.9909 0.9934 0.9885
X2 at the bottom 0.9939 0.9956 0.9915 0.9961 0.9901

Figure 12. Local EGRs with different locations of heat
exchange in the enriching section.

Heat fed in the tray No. 6 (~), no side heat exchange
(*), heat taken out of the tray No. 6 (&).
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venient and effective linkage between process simulation and
EGR calculation in the model.

It is shown that the EGR process calculated by the model
is similar to that using exergy analysis, indicating the feasi-
bility of the model. Nonequilibrium thermodynamic calcula-
tion has a rigorous advantage over exergy analysis because
the former can be readily used to examine the influences of
the tray type, tray structure, and flow patterns on energy con-
sumption. No matter what kinds of tray type and tray struc-
ture are selected, the calculation shows that the local EGR
increases with increasing mass flux and pressure drop on
each tray. However, large mass flux not only can enhance
tray efficiency, which is helpful to the separation duty, but
also can dramatically reduce the chemical potential gradients
that are proportional to the EGR. Therefore, as a general
effect, high tray efficiency and small pressure drop can
always considerably reduce the total EGR of the whole distil-
lation process. With respect to the exact effects of the tray
structure on the EGR process, the calculation shows that the
total EGR decreases with decreasing weir height and increas-
ing active area and weir length. This information can be
used to aid the design of tray structure.

The EGR process of the industrial-scale tray is studied for
the first time. It is found that improvement of vapor and liq-
uid flow patterns can appreciably enhance tray efficiency and
reduce tray pressure drop, causing an effective decrease in
the EGR process. The heat duty, as one of the most impor-
tant operating parameters, should also simultaneously be
taken into account. The calculations indicate that the most
effective strategy is to add a second reboiler at the stripping
section when renovating an old distillation process. It is
believed that the nonequilibrium process simulation and
energy analysis model can provide a powerful tool for ana-
lyzing, optimizing, and designing distillation processes. More
efforts on extending the model to other distillation systems,
especially multicomponent systems, are now under way in
our laboratory.
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Notation

a ¼ interfacial area per froth volume, m2/m3

Aa ¼ tray active area, m2

At ¼ tray traverse section area, m2

Av ¼ froth vertical section area, m2

ct ¼ total concentration, mol/m3

e ¼ vapor volume fraction
E ¼ tray efficiency

Ex ¼ exergy, kJ/mol
F ¼ flow rate of feed stream, mol/h
G ¼ vapor flow rate, mol/h
hf ¼ froth height, m
H ¼ enthalpy, kJ/mol
J ¼ diffusion flux, mol m�2 h�1

K ¼ mass-transfer coefficient, m/s
l ¼ phenomenological coefficient
L ¼ liquid flow rate, mol/h
S ¼ entropy, kJ K�1 mol�1

T ¼ mean temperature on the tray, K
!T ¼ temperature gradient, K/m

U ¼ liquid flow rate of side stream, mol/h
v ¼ froth volume, m3

V ¼ vapor flow rate of side stream, mol/h
x ¼ liquid mole fraction
y ¼ vapor mole fraction

Greek letters

l ¼ heat conductivity, W K�1 m�1

m ¼ chemical potential, kJ/mol
s ¼ entropy generation rate per unit volume, kJ K�1 m�3 h�1

Y ¼ entropy generation rate per unit stage, kJ K�1 h�1

d ¼ Krönecker operator

Superscripts

F ¼ feed stream
I ¼ interface
L ¼ liquid

MV ¼ Murphree vapor phase
OV ¼ overall vapor phase
P ¼ point
V ¼ vapor

Subscripts

h ¼ heavy component
hor ¼ horizontal
i ¼ component number
j ¼ tray number
k ¼ random stream
l ¼ light component
n ¼ mixing pool number

ver ¼ vertical
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Appendix: Exergy Analysis for the Estimation
of the EGR

Our main interest is the irreversibility on the trays; the
exergy loss on tray j (Exj

loss) is calculated with an exergy bal-
ance over the tray (see Figure 2 for the symbols and numbers):

Exlossj ¼ FjEx
F
j þ Gjþ1Ex

V
jþ1 þ Lj�1Ex

L
j�1 � ðVj þ GjÞExVj

� ðLj þ UjÞExLj þ Qj 1� T0
Tj

� �
ðA1Þ

The exergy of one section Exk is calculated by

Exk ¼ Hk � T0Sk (A2)

where T0 ¼ 298.15 K and subscript k denotes a random
stream. Exergy loss and EGR in distillation are related to
each other by the Gouy–Stodola theorem:

�j ¼ Exlossj =T0 (A3)

The entropy and enthalpy of pure gas at T0 ¼ 298.15 K
and P0 ¼ 101,325 Pa are arbitrarily assumed to be zero. The
calculation methods of the absolute entropy and enthalpy
needed to calculate the exergy values are obtained from
Walas.24 For nonideal vapor and liquid mixtures the virial
expression and Wilson equation are used, respectively, to
estimate the excess entropy and enthalpy.
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